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The flow behavior in the riser of a circulating fluidized-bed reactor was studied exper-
imentally and computationally. Laser Doppler anemometry was applied to measure the
flow behavior of FCC catalysts. Particle diameter and mean and fluctuating velocity for
different particle sizes were measured at different flow conditions. A typical core-
annulus flow with a relative velocity between particles of different sizes was obtained. A
significant radial segregation of the mean diameter was measured in the riser. A multi-
fluid computational fluid dynamics model was developed and verified against the experi-
mental results. The flow model is based on a Eulerian description of the phases where
the kinetic theory for granular flow forms the basis for the turbulence modeling in the
solid phases. The model is generalized for one gas phase and N number of solids phases
to enable a realistic description of the particle-size distribution in gas/solid flow systems.
Each solid phase is characterized by a diameter, form factor, density, and restitution
coefficient. Simulations with one gas and two solid phases were conducted, and the

computational results agreed generally well with the measurements.

Introduction

Although circulating fluidized beds (CFBs) are successfully
and widely used in commercial operations, much still remains
to be done due to the complexity of gas/solid flow. In order
to gain better fundamental knowledge about complex multi-
phase flow behavior, more research is needed. Many factors
influence flow behavior in a circulating fluidized bed. The
inlet and exit configuration, particle size and distribution, ve-
locity distribution of the gas as well as the solids, solid con-
centration, pressure and velocity fluctuations, effective vis-
cosity, and particle properties such as cohesiveness are im-
portant factors that determine flow behavior. The hydrody-
namics of gas and solids will also affect heat transfer, reac-
tion kinetics, and catalyst activity.

To gain detailed knowledge about the flow behavior of
gas/solids systems, experimental work is obviously important.
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Experimental research has been done for over thirty years in
the area of two-phase gas/solid flow. During recent years,
laser Doppler anemometry (LDA) has become one of the
most commonly used experimental techniques in investiga-
tion of the flow behavior of dilute gas/solids flow systems.

Computational fluid dynamics (CFD) in multiphase flow
has recently become an accepted and useful tool in modeling
of gas/solids flow systems. Combined experimental and com-
putational studies of the complex flow behavior of a circulat-
ing fluidized-bed system, such as this work, will significantly
enhance the understanding of the underlying mechanisms,
and provide the information to refine conservation equations
and constitutive laws for gas/solids flow systems.

James et al. (1968) reported the first successful measure-
ment with LDA. They were able to measure the velocity of a
particle in air. Many scientists followed (such as Birchenough
and Mason, 1976; Lee and Srinivasan, 1978; Lesinksi et al.,
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1981; Tsuji et al., 1984; Arastoopour and Yang, 1992; Shao
and Arastoopour, 1995).

Particle-size measurement using laser systems is very chal-
lenging. Dunning (1967) was the first to demonstrate that
LDA could be used to estimate the particle size. He showed
that a number analysis of the signal used in conjunction with
the Rayleigh-Gans scattering theory would identify the parti-
cle size. Andrews and Seifert (1971) estimated the particle
size by measuring the absolute value of the scattered inten-
sity and correlating this value with a value predicted by using
the Mie cross-section calculation. Farmer (1972) analyzed a
method for determining particle size, number density, and
velocity using a laser interferometer/velocity-meter. Using
Dunning (1967) and Andrews and Seifert (1971), Farmer
(1972) showed that when the fringe spacing is comparable to
the particle diameter, the size can be estimated, and when
the fringe spacing is much greater than the average particle
diameter used, the number density can also be estimated.
Depending on the optical system, the fringe spacing is gener-
ally less than 4 um, making this technique suitable for only
very small particles.

Lee and Srinivasan (1978) were the first to extract size in-
formation from peak values from a filtered anemometer. At
the same time Driscoll and Mann (1978) used the broadening
of the optical spectrum of scattered light to estimate the size
of submicron particles. Further into the 1980s the most fre-
quently used methods involved the two concepts of a Doppler
signal: pedestals and visibility. Hishida et al. (1984), Grehan
et al. (1986), and Berkelman and Renz (1989) are some of the
scientists who have successfully applied these techniques.

Durst and Zare (1975) found that a linear relation exists
between the diameter of a spherical particle and the Doppler
signals detected at two different points in space. Almost ten
years later Saffmann et al. (1984) extended the technique and
presented the experimental results on bubble-size measure-
ments. Later Bachalo and Houser (1984, 1985) measured si-
multaneously the droplet size and velocity in nozzle spray
flow. This technique is called the “Phase Doppler Technique”
or the “Phase Difference Technique,” since the phase differ-
ence between two points is related linearly to the particle
size. The technique has a number of desirable features, in-
cluding a very wide size range, from micron to millimeters,
and good immunity to noise. A large limitation of the method
is that the particles have to be smooth and spherical. How-
ever, many scientists have adopted the method in gas/solids
flow as well as in liquids/solids and bubble flow. Lazaro
(1991), Tadrist et al. (1993), Azario et al. (1995), Van Den
Moortel et al. (1996), and Mathiesen et al. (1999) have suc-
cessfully performed gas/solids measurements. Hardalupas
(1988) and Jackson and Samuelsen (1988) have identified lim-
itations and proposed some improvements to the technique.

In the early 1990s, Arastoopour and Yang (1992) modified
an LDA system, including both the hardware configuration
and software for data acquisition and processing. Their sys-
tem could estimate the diameter of fine particles smaller than
the measuring volume. The research was based on Farmer
(1972), Lee and Srinivasan (1978), and the principle that the
amplitude of a Doppler burst is proportional to the particle
diameter. They found that this proportionality can be ob-
tained by a calibration curve. They named the method *‘Shape
Discrimination Technique,” and later Zhang and Aras-

2504

December 1999 Vol. 45, No. 12

toopour (1995) and Zhang et al. (1996) followed the work
and successfully measured FCC, cohesion, and sand particles
in the riser of a circulating fluidized bed.

For size measurements of larger particles, Shao and Aras-
toopour (1995) developed a technique called “Flight Time
Technique.” The method estimates the particle diameter from
the velocity and the time it takes for the particle to travel
through the measuring volume. To get a good estimate of the
diameter, the particle size should be larger than the width of
the measuring volume, which is generally larger than 100 wm.
The review chapter by Arastoopour and Shao (1997) clearly
explains available LDA techniques for particle measurement.

Two different approaches are used in modeling of
gas/solids systems: Lagrangian and Eulerian. The Eulerian
approach, which is most commonly used, considers the solids
phases as well as the gas as a continuum. The presence of
each phase is described by a volume fraction. In the La-
grangian approach, the particle control volume is considered
to move with the fluid. The dynamics of each particle and its
interaction with the fluid are modeled. The Lagrangian ap-
proach limits the number of particles, and may not be partic-
ularly well suited yet for gas/solid flow systems like fluidized
beds.

In the late 1970s, the availability of “high speed” comput-
ers made numerical solutions of the basic Navier-Stokes
equations possible. Arastoopour and Gidaspow (1979) were
the first to apply inviscid continuum equations for the parti-
cle phase to obtain desirable solids flow behavior in a one-
dimensional circulating fluidized bed. Later, Tsuo and Gi-
daspow (1990) incorporated particle viscosities and simulated
two-phase flow in a riser. They were able to describe two
different flow regimes: core and annulus flow. The impor-
tance of the viscous term was obvious, and thus led the way
to turbulence modeling of gas/solids systems.

Elghobashi and Abou-Arab (1983) and Chen (1985) used
the well-known k-e model in the carrier phase to predict the
effect of the dispersed phase. This model describes the con-
servation of turbulent kinetic energy and its dissipation rate
for the gas phase with no particle—particle interactions. Thus
it is not suitable for modeling of gas/solids systems like flu-
idized beds.

Probably currently the best acceptable approach in model-
ing turbulent solids flow is “kinetic theory of granular flow.”
This is based on the kinetic theory of nonuniform gases, as
presented in the classic work of Chapman and Cowling (1970).
Bagnold (1954) actually started this work as early as the 1950s.
He derived a particle pressure in uniform shear flow from a
simple expression for the collisional frequency of the solids.
He also proposed a radial distribution function that is still
frequently used.

The “granular temperature,” defined as proportional to the
square of the fluctuating velocity, was first introduced by
Jenkins and Savage (1983). Based on the kinetic theory for
nonuniform gases, they solved a conservation equation for the
granular temperature. To allow for inelastic collisions be-
tween two particles, they introduced a restitution coefficient.
Lun et al. (1984) continued this work. Lun and Savage (1987)
derived equations for granular flow, assuming mono-sized,
rough, inelastic, and spherical particles.

Ahmadi and Shahinpour (1983a,b) and Ma and Ahmadi
(1990a,b) used a different approach. These scientists applied
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the Bhatnager—Gross—Krook (BGK) relaxation model and the
Chapman Enskog iteration to solve the granular tempera-
ture. A simple model was used to account for particle/fluid
interactions. The dissipation rate for the gas as well as the
solid phase was given by algebraic expressions. They found
reasonable agreement with experimental data.

Based on Jenkins and Savage (1983), Ding and Gidaspow
(1990) extended the granular flow model starting with the
Boltzmann equation for the velocity distribution of the parti-
cles. The Maxwellian velocity distribution function was used
as a single particle distribution. The collisional transport con-
sists of a binary collision, where the two particles have equal
mass and size, and are smooth and inelastic. Accordingly, the
model is valid for only dense gas/solids flow.

Gidaspow (1994) extended this work, and included the ef-
fect of non-Maxwellian velocity distribution. Later, Kim and
Avrastoopour (1995) extended the kinetic theory for cohesive
particles and developed their computer code to describe the
flow of gas and FCC particles in a riser of a CFB system.

With slight modifications, similar models for gas/solids flow
have been developed at Telemark College (HiT-TF) by
Samuelsberg and Hjertager (1996a,b), Manger (1996), and
Mathiesen (1997), Morgantown Energy Technology Center
(METC) by Syamlal et al. (1993); Twente University of Tech-
nology by Kuipers et al. (1993); Argonne National Laboratory
by Lyczkowski and Bouillard (1989); and Babcock and Wilcox
Inc., Alliance Research Center by Burge (1991). Benyahia et
al. (1998) modified CFX, code for gas/solid flow systems and
described two- and three-dimensional flow behavior in a riser
of a circulating fluidized-bed system.

Arastoopour et al. (1982) were the first to extend one-
dimensional inviscid multiphase flow equations for the flow
of gas and eight different particle sizes by including
particle—particle interactions in their model, and to predict
particle segregation in a vertical pneumatic conveying system.
Later Farrell et al. (1986) and Jenkins and Mancini (1987)
extended the kinetic theory for granular flow to binary
mixtures. The basic assumption was equal turbulent kinetic
energy with a small correction for the individual phase tem-
peratures. Mathiesen et al. (1997) developed a flow model
based on this work and performed a simulation with one gas
and three solids phases. The model predicted segregation ef-
fects fairly well and obtained good agreement with experi-
mental data. Agarwal and Sinclair (1998) used Jenkins and
Mancini’s (1987) kinetic theory to describe flow of binary par-
ticle mixtures through a pneumatic conveying line.

Manger (1996) extended the kinetic theory to binary mix-
tures of solids with unequal granular temperatures between
the phases. Both transport equations and constitutive rela-
tions for the solids phases were established. The model is
valid for dilute as well as dense flow, but the relative veloci-
ties between the solids phases should not be too large. Manger
(1996) did a simple test simulation in a two-dimensional
channel, but no verification of the model was performed.
Mathiesen et al. (1998) modified the model and simulated
the flow behavior of one gas and three solids phases in a
circulating fluidized bed.

In this study, experimental and computational investiga-
tions of the flow pattern of different particle sizes in the riser
of a cold-flow circulating fluidized bed were conducted. The
LDA technique was used to experimentally diagnose the flow

AIChE Journal

behavior of gas/solids systems. Based on Yang (1991), our
modified shape-discrimination technique was developed and
used to estimate the particle diameter. A generalized multi-
phase gas/solids flow model based on Manger (1996) was de-
veloped. The model allows the user to classify the solids into
several classes, referred to as different phases. The devel-
oped model was used to simulate the riser of a circulating
fluidized bed. One gas and two solids phases were used in
the two-dimensional simulations. Experimental and computa-
tional results were compared, analyzed, and discussed.

Experimental Measurement Technique

Laser Doppler anemometry (LDA) has become one of the
most commonly used experimental tools in single- and multi-
phase flows. The major reasons are that LDA is a noninva-
sive optical technique that does not disturb the flow and has
a high spatial resolution with a fast dynamic response and
range. LDA was used to simultaneously measure the mean
and the fluctuating velocities, and the particle diameter of
the dispersed phase.

Particle velocity measurement

When two coherent Gaussian laser beams are intersecting,
the intersection will cause a pattern of plane interference
fringes. The intersection area forms a measuring volume. Fig-
ure 1 shows the measuring volume with fringes. The fringe
spacing &; can be shown to be proportional to the wave-
length A and inversely proportional to half of the angle ¢
between the two incident beams.

When a particle is passing through the measuring volume,
it will scatter light and the intensity

A

% = 25in (9,2) @

will change according to the interference fringes (Arastoopour
and Shao, 1997). The intensity variation of the scattered light
or the frequency can be obtained with a photodetector. The
velocity of the passing particle will be proportional to the
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Figure 1. Overview of a measuring volume.
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Doppler frequency fp and the fringe spacing

fpd o 2
4TI T din(9/2) @)
where y; is the absolute velocity of the particle in the direc-
tion perpendicular to the bisector of the two incident laser
beams. To detect the direction of the flow, a frequency shift
for one of the beams is introduced, as indicated in Figure 1.
The Doppler frequency is the frequency obtained by the pho-
todetector minus the frequency shift.

The mean velocity, V, is obtained by

[y
=z

V=Wii ‘Ui, (3)

where N; is the number of sampled particles. The fluctuating
velocity or the root mean square (RMS) velocity, Vgys, may
be expressed as

1N 5
VRMS=\/(Ni—_l)i21(Ui—V) . 4

Particle-size measurement

The Shape Discrimination Technique was established by
Arastoopour and Yang (1992) and is based on knowledge
about Doppler burst signals. The shape of a Doppler burst
signal is determined by the size, shape, and surface proper-
ties of the particles, concentration of solids, the fluid, the
path the particle takes as it passes through the focusing
volume, and the optical system alignment. This study has
documented that the amplitude is a function of the particle
velocity as well. Hence, in a system with fixed optical param-
eters, one type of solid in one type of fluid at one flow condi-
tion, the maximum amplitude of a Doppler burst, Ap, or the
envelope, will depend on the diameter of the particle, D;, the
particle velocity, v;, and the path, |, that the particle is travel-
ing through the measuring volume:

Ap = Ap(D;j,u;,1). (%)

Figure 2 shows the Doppler signals generated at different
paths. For the same particle with the same velocity, the
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Figure 2. Doppler signal generated at different paths.
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Figure 3. Experimental verification setup.

strongest signal will be generated when the particle is passing
through the center of the measuring volume.

The intensity, I, of a Doppler burst may be rewritten ac-
cording to Farmer (1972):

Ib = Ipo[cosh (2yz9/02 ) +cos (y/5;) |

X2 + y2+(z§)2”, (6)

where b, is the dimension of the measuring volume in the
direction perpendicular to the optical axis. If the velocity
component perpendicular to the laser-beam plane and the
component parallel to the fringes are neglected, the ampli-
tude of the Doppler burst may be rewritten as

-exp [(—Z/bé)

Ap(Dj, v, 1) = ADO(DivUi)exp[_z(l_ Iiz ” )

max

where Ap, is the amplitude of a Doppler burst generated by
a particle that is passing through the center of the measuring
volume and |, is the maximum possible path length. Since
effective path length and maximum possible path length are
proportional to the actual peak numbers within one Doppler
burst, Npey, and the maximum peak numbers within one
Doppler burst, Npeay may, according to Yang (1991) the pre-
ceding expression can be written as

szeak

Apo(Dj,v) = Ap(D;,u, exp|2|1— ek (®)

peak, max
To decide whether the velocity of a particle is influencing
the size of the amplitude, a verification experiment was con-
ducted using only one particle (with constant diameter, shape,
and surface properties), air as the fluid, one optical align-
ment, and the same particle path. The experimental appara-
tus consists of a motor and a rotating disk, as shown in Fig-
ure 3. A tiny wire with known diameter is fixed on the rotat-
ing disk and mounted on a shaft of a small variable speed
motor. The wire rotates with the disk and passes through the
measuring volume at a specified speed, v;. The trajectory of
the particle is perpendicular to the plane forming the bisec-
tion of the two laser beams. This trajectory was manually ad-
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justed to ensure that the rotating wire was passing through
the center of the measuring volume.

The verification experiments were conducted at seven dif-
ferent particle velocities between —0.2 and 1.0 m/s. At each
velocity the amplitude of the Doppler burst was measured
100 times. Figure 4 shows the mean amplitude size of the
Doppler burst for two different diameters of the wire, 500
and 700 wm, respectively. The experimental apparatus was
aligned in such a way that the amplitude was only a function
of the diameter of the wire (particle) and the velocity:

Apo = Apo(Di, vy). 9

As indicated in Figure 4, the amplitude of the Doppler
burst for a diameter of 500 wm can be expressed as

Apo(v)=—0.2702+0.260? +0.01y; +0.04,  (10)
and with a diameter of 700 um as

Apo(v) =1.78[ —0.2707 +0.260% +0.01y; +0.04] . (11)

A generalized empirical relation between the amplitude of
the Doppler burst and the velocity of the particles can then
be expressed as

Apo(D;, 0p) o Apg(Dy)[—0.2708 +0.2602 +0.01y; +0.04],
(12)

when —0.2 m/s <y, <1.0 m/s. By combining Eq. 8 and Eq.
12, an expression for the amplitude as a function of the diam-

eter may be obtained:
N 2
expla[1— P
Npeak,max

[-0.2707 +0.260% +0.010; +0.04]
(13)

Apo(Di) & Ap(D;,u;, 1)

The maximum amplitude of the Doppler burst calculated
by Eq. 13 will be proportional to the size of the particle that
causes the burst. A calibration curve for the amplitude of
the Doppler burst vs. particle diameter cannot be obtained
theoretically. Hence the amplitude to the diameter transfor-
mation of the particles should be determined by an experi-
mentally verified calibration procedure. The experimental
calibration curve can be obtained using the following proce-
dure:

1. Measure the particle-size distribution by using a well-
recognized particle-size instrument and generate the particle
diameter vs. accumulative percentage.

2. Mount the experimental equipment and align the LDA
optical system.

3. Specify the flow condition; calibration must be done for
each flow condition.

4. Record a large number of amplitudes at different radial
locations.
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Figure 4. Amplitude as a function of particle velocity.

5. Calculate the maximum amplitudes (envelope) of the in-
dividual Doppler bursts by using Eq. 13.

6. Correct the number of amplitudes for area and time.

7. Develop the calibration curve by comparing the parti-
cle-size and amplitude-size distribution. The calibration curve
is used to estimate the particle diameter.

When a given number of particles have been estimated,
the mean number particle diameter may be obtained:

1N
DNumber:W Z D;. (14)
ii=1

Using this technique, the noise must be discriminated, since
the amplitude is very sensitive. The high- and low-frequency
noise can be discriminated by using a signal processor. The
possible noise in the receiving Doppler signal due to elec-
tronic devices is discriminated using time and periodic
criteria. A reasonable Doppler burst should be longer than a
minimum time duration 7,

Tmin < Tis (15)

where 7; is the time duration for the Doppler burst signal. A
perfect Doppler signal should be oscillating with the same
period, at constant frequency. The standard deviation of the
oscillating period in the Doppler burst should be less than a
critical level:

< critical level, (16)

\/ 1 Npeak 2

A TEEE—— Z At —AT

(Npeak—l) k=1( “ )
Ar

where A7, is the kth period and A7 is the average period in

the Doppler burst. In this experimental work, the critical level
is set equal to 0.5.

Fluid Dynamic Model

A multiphase computational fluid dynamics (CFD) model
for turbulent gas/solids flow was developed and presented.
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In our model, we used M phases, one gas, and N number of
solids phases to describe realistic particle-size distributions.
Each solid phase was defined by diameter, form factor, den-
sity, and restitution coefficient. The model uses a Eulerian
description of the phases, which considers the gas as well as
each solid phase as a continuum medium. The presence of
each phase was described by a volume fraction, varying from
zero to one. No mass transfer was allowed between the
phases. The drag force in the momentum equation and the
product of drag force and granular temperature in the parti-
cle turbulent kinetic energy equation were the only interfa-
cial terms between the gas and particle phase that were used
in our model. The effect of gas turbulence on the particle
fluctuation as well as the effect of gas on the constitutive
relations of the particulate phases were neglected. Since
small-size particles such as FCC were used in our simulation,
this assumption can be considered as the major limitation of
our model.

The laws of conservation of mass, momentum, and energy
were individually satisfied for each phase. The dependent
variables, namely, volume fraction and the three velocity
components were solved for each phase. All the phases share
a fluid pressure. A granular temperature equation (defined
as one-third times the fluctuation velocity squared) for each
solids phase was solved also. No turbulence equation for the
gas phase was considered, but an effective gas viscosity was
estimated.

To obtain governing flow equations for the solid phases,
the Boltzmann equation was used with a given distribution
function for the instantaneous velocity of the particles. By
multiplying the Boltzmann equation with a quantity such as
mass or momentum, and integrating over the velocity space,
the transport equations were obtained (Chapman and Cowl-
ing, 1970). A complete derivation of the equations for
gas/solids flow was done by Gidaspow (1994). The particles
were assumed inelastic, smooth, and spherical. Particle rota-
tion was neglected. Furthermore, the constitutive relations to
close the transport equations were also provided using this
method. These constitutive equations specify how the physi-
cal parameters of the phases interact with each other.

Manger (1996) provided an extension to binary mixtures
of particulate materials and derived transport equations for
each solids phase. His approach involved kinetic theory for
binary granular mixtures with unequal temperatures between
the phases. The constitutive equations were based on the
interactions of the fluctuating and the mean motion of the
particles. The shear stresses were considered as the sum of a
collisional and a kinetic component. The pressure of the solid
phases, which includes both kinetic and collisional pressures,
was determined from an equation of state similar to the van
der Waals equation of state for gases, based on the coeffi-
cient of restitution and the radial distribution function con-
cepts. The radial distribution function is an expression for a
probability of collisions, and is near one when the flow is
dilute and becomes infinite when the flow is so dense that
motion is impossible. The shear viscosities for dilute and
dense flow are proportional to the mean free path times an
oscillation velocity times particle density. The coupling be-
tween the various particle phases is through particle pres-
sures, binary radial distribution functions, particle collisions,
and conductivities.
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The mathematical model was incorporated in the CFD
model, FLOTRACS-MP-3D, with the following governing
constitutive equations. A detailed description of the multi-
phase gas/solids model is given by Mathiesen (1997), whereas
Mathiesen et al. (1999) discuss the consistency of the multi-
phase gas/solid flow model in detail.

Continuity equations
The continuity equation for phase m is given by

Jd d
E(Buem pm)+a_Xi(Bi€m mei,m):Ol (17)

where €, p, and U; are volume fraction, density, and the ith
direction velocity component, respectively; B, is volume

porosity; and B; is the area porosity in the ith direction. No
mass transfer is allowed between the phases.

Momentum equations

The momentum equations in the j-direction for phase m
can be expressed as

1% J
ﬁ( B,€m mej,m) + (7_X|( Bi€m mei,mUj,m)

JP J
= _(Buem)ﬁ_xj + (7_X|( ﬁiHij,m) + B, €em Pm9j

M
+8, X Pu(Yt+UYpn). (18)
k=1,k#m

where P and g; are fluid pressure and j-direction component
of gravity, respectively; and @, is the drag coefficient be-
tween the phases m and k.

For the gas phase, g the stress tensor I1;; . is given by
- au; Y 2 s dUy 19
L= —t—|-=56 —1,
ij, g /‘Leff,g ﬁXi t9Xj 3 IJ‘?Xk . ( )

where §;; is the Kroenecker delta. The gas-phase turbulence
was modeled by the subgrid scale (SGS) model proposed by
Deardorff (1971), and thus the effective viscosity, pq g Was
estimated as

Meff, g = Eg( Miam, g T /'Lturb,g)
2
=€gl"'lam,g—'—eg pg(CtA) \/Sij,g:sij,g
3 10U U
A=yAxAyAz and Sij‘g=5[ J+—'}. (20)
g

IXi X

The constant turbulence parameter, c,, is estimated to 0.079
by using renormalization group (RNG) theory (Yakhot and
Orszag, 1986).
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The total stress tensor 11,

i for each solid phase, s, is

IU, s
Iij s=—P&; + gsﬁij&_x +
K

ay; dy, 2 9y,
—+—|-Z&i——
Ix;  dX 3 7 Ixy .

(21)

where the solid phase pressure, P, consists of a collisional
and a kinetic term:

N
P, = Z PC, on T € P, (22)

n=1

where P ¢, is the pressure caused by collisions between the
solids phases s and n, and has the expression:

m, 60,6,
((me00+(mMmoﬁ)}

% (mo/ms)zesen .
(6, +(m,/m)*6,) (6 + 6,)

PC,sn (1+esn)dsngsn S n{

1
E(ds+dn) and my=m,+m,,

(23)

1
e = E(es+en) and d,,=

where ¢, d, n, and m are the coefficient of restitution, diam-
eter of the particle, number of particles, and mass of a parti-
cle, respectively. The coefficient of restitution is unity for fully
elastic and zero for plastic collisions. By using the assumption
of spherical particles, number of particles and mass of a par-
ticle are:

6e, deps
ns=7_rd3 and mg= 5 (24)

The radial distribution function, g, is near one when the
flow is dilute and becomes infinite when the flow is so dense
that motion is impossible. Based on the single solids phase
model given implicitly by Bagnold (1954), a new binary radial
distribution function was proposed:

1/3} -

Jo = {1_(i_€g
<) (&t e), (25)

N

gsn 2 (l

where € . is the maximum total volume fraction of solids.
The solid phases bulk viscosity can be written as

Z Pc. snds”(o +(m,/m,)6,)

n=1

2
g \/ w00, 0.+ (mymyia,]

whereas the solid phases shear viscosity consists of a colli-
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sional term:

Meol, s = Z PC sn Sn(g_*_(mn/m )0)

2
X\/ 7Tesen(os+(mn/ms)29n) (27)

and a kinetic term

2
2,U~di|,s 4 XN
Mkin,s = 1 N 1+€ Z gsnen(1+esn) )
N Z (1+esn)gsn n-t
n=1
(28)
where
15 2m5031av
Mdil, s = 8d3 Esls T
| t g 29
s 6\/5 Es. ( )

To ensure that the dilute viscosity is finite as the volume frac-
tion of solids approaches zero, the mean free path, I, is
limited by a characteristic dimension. The average granular
temperature 6 ,, was obtained from

2m; 0,

e B
n=1 ns dS (05+(mn/ms) gn)

~ (my/m,)* 6,6,

(0 (My/m ) 6,) (6, + 6,)

Gs,av =

(30)

For €, < 0.8, the gas/solids drag coefficients were based on
the Ergun (1952) equation:

Es(l_ Eg)/““lam,g +1.75 € pg|ug - us|

=150
Sg €g(‘vbsds)z ¥sds

. (31

where i, is the form factor, which is unity for spheres and
between zero and one for all other particles. For €, > 0.8, the
drag coefficients were based on the work by Wen and Yu
(1966) and Rowe (1961):

3 e p lu,—uyl
g Pgllg — Us
Py = 7 C—t

—2.65

s ds ’

24
Cy=—(1+0.15Re%%") for Re, < 1,000

Re,

Cy=0.44 for Re, > 1,000
d,p,€e,lu, — ugl

Re,=——2 %+ ¢ = (32)
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In this study, €, was less than 0.8. The particle/particle drag
coefficients were expressed as

3 2(m26, + m24 1
(I)sn=BuPC sn\ 4 ( SS2 nn) +
A e P 7m§ 6,6, lu, — ugl
x[v

Turbulent Kinetic energy equations

In(mn6,)
In(m,6,)

€
S
In—|+
En

0,6,
0,+ 6,

Ve, Vb,
62 62

}} (33)

A turbulent kinetic energy equation or a granular tempera-
ture equation was solved for each solid phase:

3[ 0 J B _an,s
E E(ﬁuespses)'i_TXi(ﬁiEspsUi,ses) =B, 1_[

s 9%

J 30,
+'7_Xi BiKS(?_Xi _BU’YS_3BU(I)Sg05~ (34)

The terms on the right side of the equation represent pro-
duction due to shear, diffusive transport of granular tempera-
ture, dissipation due to inelastic collisions, and dissipation
due to fluid friction. A corresponding production term due to
fluctuations in drag has been assumed negligible.

The conductivity of granular temperature, «,, and the dis-
sipation due to inelastic collisions, v,, are determined from
the kinetic theory for granular flow. The conductivity is given
by a dilute and a dense part as

2Kl s

6 N ?
Ks = 1 N 1+§ Z gsnEn(1+€sn)}
ﬁ Z (1+esn)gsn =t
n=1

| O N
+2¢,pyd, ; Z e_ngsn(l'i_esn)
n=1

(3%

225 2m,6,

svs,av

Kdil,s = 32 &ls -

The dissipation of the turbulent kinetic energy due to parti-
cle collisions is given by

N3 (1-e)
Ys = Z ZPC,snTsn

n=1 sn

26,6,
X |4 3 3
\/w[(mymo) 6, +(my/my)6,]

_ sn( (ms/m0)05+(mn/m0)0n aUk,s (36)

(ms/m0)205+(mn/m0)20n &Xk

Experimental Setup

An experimental study of a circulating fluidized bed with
FCC catalysts as the dispersed phase was conducted. The
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work was carried out at the Illinois Institute of Technology
(11T), Department of Chemical and Environmental Engineer-
ing. The circulating fluidized-bed system was first used by
Yang (1991). In this work, slight modifications of the circulat-
ing fluidized-bed system and the LDA system were per-
formed.

Circulating fluidized bed

A sketch of the circulating fluidized-bed system is shown in
Figure 5. The internal diameter of the clear PVC riser is
0.0508 m (2 in.), the height of the riser is 2.75 m (9 ft). The
test section is located 1.12 m over the elbow inlet, where a
pair of optical glass windows is mounted to ensure a good
optical signal. At the top of the riser, the suspended particles
enter a two-stage cyclone where they are recycled back to the
riser via a return loop. The gas inlet consists of air filters, a
pressure regulator, and a flowmeter. The air has a pressure
of about 1 bar and ambient temperature at the inlet.

The FCC catalysts have a density of 1,700 kg/m?. The par-
ticle-size distribution is very wide with particles ranging from
11 to 180 wm. The effective number mean and Sauter mean
diameter are approximately 27 and 55 wm, respectively. Ac-
cording to the classification of Geldart (1973), the FCC cata-
lysts are typically group A, aeratable particles. Four different
flow conditions were studied. Two superficial gas velocities
were used—0.7 and 1.4 m/s—each with 100- and 400-g load-
ing of solids, respectively. This gave an approximate concen-
tration of solids in the circulating fluidized bed of 0.5 and
2%, respectively.

Laser Doppler anemometry

The measurements were performed with a helium-neon
laser with a power of 15 mW at a wavelength of 638.2 nm,
delivered by TSI. The optical system is aligned on axis in
forward scatter modus. Transmitting and receiving lenses both
have a focal length of 250 mm. The width and height of the
measuring volume are 0.18 and 1.2 mm, respectively.

An oscilloscope was used to record the Doppler signals,
which were transferred to a computer. The data acquisition
and processing software developed by Yang (1991) were
slightly modified. The measurements were conducted at 13
different locations from the center line of the riser toward
the wall, in a direction perpendicular to the plane shown in
Figure 5. Mean velocity, RMS velocity, and particle diameter
were simultaneously measured. The Shape Discrimination
Technique was used to estimate the diameter of the particles.
The particle mixture was divided into two groups: sizes less
than and sizes larger than the number mean diameter. Mean
and RMS velocity profiles were measured for each particle
group.

Numerical Flow Conditions

The riser section of the circulating fluidized bed was
modeled and simulated in a two-dimensional Cartesian coor-
dinate system. In order to study the influence of the grid
resolution, the case with a superficial gas velocity of 0.7 m/s
and 0.1 kg of solids was simulated with three different grid
resolutions. Uniform grids with 14X 62, 26 X122, and an
expanded grid with 18 X 82 grid nodes were used in the com-
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Figure 5. Circulating fluidized-bed system.

parison. The simulated velocity profiles of different phases
were compared. Figure 6 shows the influence of the grid res-
olution on the particle velocity profile for solid phase I. Based
on the results, the expanded grid with 18 X 82 grid nodes was
assumed to be adequate for these simulations. The selected
calculation domain with grid nodes is given in Figure 7. A
uniform grid was used in the axial direction, whereas a
nonuniform grid spacing was used in the radial direction.
The diameter of a spherical particle is uniquely defined.
When dealing with nonspherical particles such as FCC cata-

— = = =26 x 122 Uniform grid
------- 18 x 82 Bxpanded grid
14 x 62, Uniform grid

Particle velocity {m/s}]

-0,25

0 0,2 08 1

0,4 0,6
Radial position r/R [-]
Figure 6. Grid refinement influence on particle veloci-

ties.
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lysts, the definition of the particle diameter is more doubtful.
Kunii and Levenspiel (1991) defined an effective diameter,
d.s, that is proportional to the form of the particle ¢ and the
diameter of a sphere having the same volume as the particle:

deff = wdsphere ) (37)

i1 3 Gas/Solids
25 Outlet
2.0
- 1.5
£
> ]
1.0
0.5
0.0 1~=rrT7 T '|'E
0.000 0025  0.050
X[m]
tt 1t 11t
Gas/Solids Inlet

Figure 7. Circulation domain with grid nodes.
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where the form factor (sphericity) is defined as

surface of sphere

= (3%

~ surface of particle

The diameter of a sphere dg,pe is the most correct diameter
to use in the kinetic theory for granular flow as well as in the
calculation of drag terms and Reynolds number. The initial
particle-size distribution was obtained using the Microtrac
Particle Size Analyzer. This measurement technique was
based on absorption or diffraction of the scattered light in-
tensity from a laser light source. The technique measures the
projected area diameter, and this projected diameter will be
approximately the same as the effective diameter in Eq. 37.
The Shape Discrimination Technique uses the particle diam-
eter obtained by the Microtrac Particle Size Analyzer to make
a calibration curve, and hence this diameter is an effective
diameter as well. Kunii and Levenspiel (1991) calculated
sphericity of particles and suggested a form factor of 0.625 as
typical for catalyst solids. This value was adopted as the form
factor of the FCC catalysts in the simulations.

The real particle-size distribution was modeled by using two
solids phases. Ten volume percent of the solids were as-
sumed to have an effective diameter of 25 um, whereas the
other 90% have a diameter of 60 wm. This gives an approxi-
mately correct Sauter mean diameter. Thus the equivalent
diameters of the spheres were 40 and 96 um for the two
solids phases, respectively. The particle restitution coeffi-
cients were assumed to be 0.99.

The riser was initially filled with a bed of solid particles,
with a total solids volume fraction of 0.50. The initial bed
height was 0.03 and 0.12 m for 100 and 400 g of solids, re-
spectively. The two solids phases were perfectly mixed.

One-dimensional plug flow for the gas phase was assumed
at the inlet. To ensure that the overall continuity condition
was satisfied, the gas-phase velocities were calculated from
total mass balance at the outlet. The inlet solids flux was the
same as the outlet solids flux, hence a constant overall con-
centration in the riser was ensured.

At the walls, the no-slip condition was used for the gas
phase. The relation for the solids velocity gradients at the
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Figure 8. Calibration curves for 0.1 kg of solids.
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Figure 9. Calibration curves for 0.1 kg of solids.

wall was based on the microscopic model for particle—wall
collisions (Sinclair and Jackson, 1989). The rate of transfer of
momentum to the wall by particle collisions was given by the
product of the average collision frequency of each adjacent
particle with the wall, the averaged momentum transfer per
collision, and the averaged number of particles adjacent to
unit area of the surface:

&ijs ES

Tw = Ms =

T
ax. e —ps@g/30; Uj,sgss,wl (39)
1

6

S, max

where o is a specularity factor, whose value varies between
zero for a completely specular collision and unity when parti-
cles are scattered diffusively. Sinclair and Jackson (1989) also
gave an expression for the turbulent kinetic energy flux at the
wall as the turbulence production minus the rate of dissipa-
tion per unit area, given by

€ (l— € ) . 1
qw=¥gss,ww\/§ps ?S\/e—suj,zs_ Z(l_ eszw)gs\/e—s :

€5, max
(40)

The specularity factor and particle-wall restitution coefficient
were 0.5 and 0.9, respectively. A zero-gradient condition was
used for the volume fraction and pressure equations.

The simulations were conducted for 15 s real time. The
time-averaged results were obtained from the last 5 s of each
simulation.

Experimental and Numerical Results
Particle diameter calibration curves

When the Shape Discrimination Technique is used to esti-
mate the particle diameter, a calibration curve must be ob-
tained for each flow condition. The calibration curves are
presented in Figures 8 and 9. All the calibration curves
showed similar shapes, which indicates that the particle-size
distribution in the test section is similar for all flow condi-
tions. Hence there is no significant axial segregation in the
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without Larostat particles.

riser. The calibration curves also demonstrated the impor-
tance of making a new calibration curve for each flow condi-
tion. The main reason for the differences in the calibration
curves is the variation of local particle concentrations in the
test section at different flow conditions. The test section was
located 1.12 m above the inlet. For a low gas velocity of 0.7
m/s, a nonuniform axial concentration distribution of the
solids occurred. When the superficial gas velocity increases to
1.4 m/s, the axial solid concentration distribution is more
uniform and hence results in a higher solids concentration in
the test section. The calibration curves confirmed that the
amplitude of a Doppler burst is a function of the solid con-
centration. When the concentration of solids increases, the
slope of the calibration curve will increase as well. The am-
plitude of the Doppler burst becomes more independent of
the particle diameter when the solid concentration increases.
Since a wide-range amplitude distribution is desirable for cal-
ibration curves at different solid concentration, the Shape
Discrimination Technique is best suited for very dilute
gas/solids flow systems.

The calibration curves for the particle-size measurements
are based upon the fundamental assumption that there is no
agglomeration or axial segregation in the system. A superfi-
cial gas velocity of 0.7 and 1.4 m/s was assumed to be suffi-
cient to minimize axial segregation. In a dilute gas/solids flow
system, agglomeration increases with the concentration of
particles and/or the superficial velocity of the continuous
phase. Among these flow conditions, most agglomerates were
probably obtained with 400 g of solids and high superficial
gas velocity. The agglomeration was mainly caused by elec-
trostatic effects (Zhang et al., 1996). Larostat particles elimi-
nate electrostatic forces and, in turn, agglomeration. Thus two
experiments using 400 g of solids with a superficial gas veloc-
ity of 1.4 m/s, one without Larostat and one with 1% Laro-
stat particles mixed with the FCC were conducted. Figure 10
shows a comparison of the measured number averaged parti-
cle diameter along the radial direction for both cases. The
experimental results obtained with Larostat particles showed
slightly higher particle diameters at the center of the riser
and lower particle diameters near the wall in comparison with
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the run using no Larostat particles. The maximum difference
between the local mean particle diameters in the two cases is
about 2.5 um. Hence, no significant agglomeration occurred
in the gas/solids flow cases that were considered in this study.

Particle diameter profiles

In Figure 11 the computed and measured numbers repre-
sent averaged diameter profiles at 1.4 m/s gas superficial gas
velocity. The most interesting observation in the measured
particle diameter profiles was the significant difference in
mean diameter between particles at the center of the riser
and those near the wall. The radial particle diameter gradi-
ent seems to increase with decreasing concentration of solids
and seems to be almost independent of the gas velocity in the
range in which our experiments were conducted. This phe-
nomenon may be explained by the fact that smaller particles
will follow the gas more effectively than larger ones. Larger
particles will not follow the gas effectively and start accumu-
lating, particularly at the wall region where the gas velocity is
low.

Our predicted mean particle diameter profiles are inde-
pendent of radial location. The discrepancies were observed
in comparison with the experimental data, where the particle
diameter increases with radial location with maximum aver-
age particle size at the wall region. Our multiphase gas/solids
flow model did not capture the radial segregation by size,
although the overall mean diameter obtained was approxi-
mately the same as the one measured experimentally. We
believe that a reason for the discrepancies between the ex-
perimental data and the simulation is that in simulation, we
considered only two sizes of particles (25 and 60 wm). The
particle size in any location could not be lower than 25 um
or higher than 60 wm, while experimentally we have particle
sizes ranging from 11 pum to 180 wm. Future simulations
should include more particle phases, which in turn require
much higher computational time.

Figure 12 shows the volume fraction of the solids phases
obtained at a superficial gas velocity, and solid loading of 0.7
m/s and 0.1 kg. No volume fraction measurements were per-
formed, but the computed volume fraction distribution has

50
O Exp.
-~ - sim.
404
m
~
gso- T T TP .
B ma®"
o p Mo oDO00aQm
£ 20
.S
[}
10
o T T T T
0.0 0.2 0.4 06 0.8 1.0

Radial position r/R [-]

Figure 11. Mean particle diameter profiles, V, 1.4
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an expected form, dilute in the center of the riser and dense
in the wall region, behavior that is typical for dilute gas/solids
flow. For both phases the concentration of solids increases
from the center of the riser toward the wall, but at a much
higher rate for the largest particles: solid phase Il.

Particle velocity profiles

The measured and computed particle velocity profiles are
presented in Figures 13, 14, 15, and 16. The particles are
divided into two groups: particles with diameter less than 27
pum and particles with diameter larger than 27 um, corre-
sponding to the two solid phases.

Typical core-annulus flow behavior for the particulate
phases was observed for all flow conditions. The experimen-
tal results showed that in the central part of the riser, the
particles flow upward with an almost constant velocity. In the
wall region, the particle velocity decreases continuously from
the core toward the wall. Close to the wall, a low particle
velocity and, in some cases, reversal flow of particles were
observed.

Our numerical and experimental results showed a relative
velocity between particles of different sizes. The calculated
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Figure 13. Particle velocity profiles, V;,, = 0.7 m/s, 0.1
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relative velocity between the two groups of particles re-
mained almost constant across the riser. Our experimental
data showed that when the superficial gas velocity increases,
the relative velocity between the particle groups decreases
slightly. This could be due to an increase in particle collisions
and more chaotic flow at higher gas velocities. At higher solids
loadings and higher velocities, the particles show a more flat
solid velocity profile and, in some cases (such as high solids
loading and high gas velocity), the maximum velocity deviates
slightly from the center of the riser.

Although discrepancies were observed between measured
and computed velocity profiles, the simulations showed a
similar flow behavior. A typical core-annulus flow was com-
puted with upflow of particles in the central part of the riser
and downflow of particles near the wall. The predicted rela-
tive velocities are of the right order of magnitude as experi-
mental measurements, although calculated velocity was higher
than experimental data in the annulus region.

The discrepancies in the velocity profiles can be explained
by the differences in actual and simulated geometry as well
as different particle-size distribution. Two basic simplifica-
tions of the geometry were done in the simulations. Only the
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Figure 15. Particle velocity profiles, V,,, =0.7 m/s, 0.4
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riser part of the circulating fluidized bed was considered, and
the riser was assumed to be two-dimensional. The first as-
sumption will influence the solids concentration in the riser
and, more important, the inlet and outlet flow conditions. In
the simulations, the inlet was assumed to be a one-dimen-
sional plug flow for the gas phase as well as the solid phases.
The actual inlet and outlet conditions are nonuniform and
cause nonsymmetric flow behavior in the riser. The LDA
measurements were performed from the center line to the
wall perpendicular to the plane, as shown in Figure 5, and
therefore we were not able to capture any nonuniform flow
behavior in this direction. A three-dimensional curvilinear or
multiblock approach would be more desirable.

The fact that simulation was performed for only two parti-
cle sizes while experiments measured the whole range of par-
ticles may be major the reason for the deviations between
measurements and simulations.

RMS wvelocity profiles

Figures 17, 18, 19, and 20 show the experimental particle
RMS velocity profiles for each particle group as well as the
computed RMS velocities. Since solid concentration was very
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Figure 17. RMS velocity profiles, Vg, = 0.7 m/s, 0.1 kg
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low, it is expected that the fluctuating velocity or the
particle-phase turbulence is caused mainly by the shear and
particle collisions with the wall. The RMS velocity for all runs
increased from the center of the riser toward the wall. Our
experimental results showed that the particle RMS velocity is
of the same order of magnitude for all flow conditions. How-
ever, in the wall region the fluctuating velocity of particles
increased with an increase in superficial gas velocity, due to
higher velocity gradients.

Overall, the experimental results showed that the RMS ve-
locity is higher for the particles of largest size in very dilute
(such as 1-3%) gas/solids flow systems. Our experimental
data did not support the behavior reported in the literature
where large particles normally are assumed to have less fluc-
tuating behavior. The gas turbulence is normally less than the
solid turbulence. Smaller particles follow the gas flow pattern
more easily than larger particles. This may explain why in
very dilute gas/solids flow systems with few particle colli-
sions, the fluctuating velocity of the larger particles is higher
than the smaller particles.

The computed particle turbulent velocity showed the same
form and behavior as the experimental data. Similar to the
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experimental data the computed particle fluctuating velocity
showed an increase near the wall. However, RMS velocities
are lower than experimental data at all radial locations. In
the turbulent Kinetic energy equation a dissipation term due
to interaction between the gas and solids phases is included,
whereas the corresponding production term is neglected. Ding
and Gidaspow (1990) argued that this production term could
be neglected. Based on our experimental data there may be
reasons to believe that this term should be included.

Although we cannot clearly express the extent of accuracy
using two granular temperature equations, since our experi-
mental data showed slightly different particles fluctuating for
particles of different size, we believe that two equations in
general are more capable of describing flow patterns.

Since we did not measure any particle size larger than the
largest particle initially in the bed, we assumed the cluster
formation is minimized in our very dilute riser.

Conclusions

An experimental study of the flow behavior of group A
particles in the riser section of a laboratory-scale circulating
fluidized bed using LDA and a modified Shape Discrimina-
tion Technique was successfully conducted. Particle diameter
and mean and fluctuating velocity for different particle sizes
were measured for different flow conditions. The experimen-
tal results showed that there was no significant agglomera-
tion in the gas/solids flow system. Typical annulus-core flow
behavior was observed and a relative velocity between parti-
cles of different sizes was measured. Different fluctuating ve-
locity of different particle sizes was observed. The largest
particles showed the highest fluctuating velocity. This behav-
ior was caused by significant gas/solids interactions. A signif-
icant radial segregation of the particles of different sizes was
also observed. The mean particle diameter increased from
the center of the riser toward the wall.

A computational fluid dynamics (CFD) multiphase
gas/solids model was presented. The model is based on a
Eulerian description of the phases where the kinetic theory
for granular flow forms the basis for the turbulence modeling
in the solids phases. The model was generalized for one gas

2516 December 1999 Vol. 45, No. 12

phase and N number of solids phases to provide a realistic
description of particle-size distributions and a nonuniform di-
ameter distribution in gas/solids systems. Each solid phase
was characterized by diameter, form factor, density, and
restitution coefficient. The granular temperature and mo-
mentum equations were solved for each phase.

A computational study of the riser section of the circulat-
ing fluidized bed was performed using two different particle
sizes. Although some discrepancies between calculated val-
ues and experimental data were observed, the observed
core-annulus flow with a correct relative velocity between the
solid phases was calculated. The discrepancies between simu-
lations and experimental results can be explained by the dif-
ferences in actual and simulated geometry and particle-size
distribution. The simulations were performed using a two-
dimensional Cartesian system, but the actual geometry was
three-dimensional. The computed fluctuating velocity showed
lower values than the experimental data, but demonstrated
the same form and behavior. To accurately predict radial seg-
regation of particles and particle velocity, a larger number of
solid phases should be considered.
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